A new reactor concept for catalyzed three-phase reactions based on the use of woven fibrous materials for bubble columns is suggested. In comparison to conventional multistage bubble columns, the trays are made from woven fibrous catalytic layers. The hydrodynamic parameters such as the residence time distribution (RTD) and the volumetric gas-liquid mass transfer coefficient k L a are investigated in an air/water system for different layer structures and different superficial gas (u g0 < 60 cm/s) and liquid (u l0 < 6 cm/s) velocities. The major reactor design parameters, such as the thread diameter D, the distance between the woven threads w, and the distance between the fibrous layers b, are discussed.
Introduction
In the conventional gas-liquid-solid bubble columns, the solid phase is usually present in the form of pellets in a randomly packed bed or in the form of fine powder suspended in the liquid phase. Both column designs have some disadvantages, such as bubble coalescence, low gas-liquid mass transfer, liquid back-mixing, and the problem of fine powder filtration. [1] [2] [3] [4] Recently, we suggested a new three-phase reactor concept using fibrous structured catalysts for the design of staged bubble columns. [5] [6] [7] In comparison with conventional multistage cascade bubble columns, the trays are made from fibrous supported catalysts. Two main zones can be distinguished in this reactor: the bubble zone and the reaction zone ( Figure 1 ). In the bubble zone, the gas and liquid phases are mixed intensively in the axial and radial directions, leading to the saturation of the liquid phase by the gas. In the reaction zone, gaseous and liquid reactants interact with the fibrous catalyst.
A spatial separation of these two zones gives following advantages: reduced axial mixing because of the horizontally placed fabric layers, 8, 9 enhanced mass transfer performance by the repeated redistribution of the gas phase, 8, 9 controlled liquid saturation by the gas because of the sizing of the bubble zones, and reaction conversion control by the amount of catalyst as a function of the reactor length.
To overcome the separation problem common for suspended-bed reactors, bubble columns with packed beds are proposed. The larger diffusion length along the catalyst pellet compared to the powder might lead to reaction kinetics limited by diffusion and, consequently, to a decrease in the catalyst efficiency and eventually in the product selectivity. In contrast to packed bubble columns, where a minimum pellet diameter is given by a maximal tolerable pressure drop, fibrous catalysts offer the possibility of short diffusion lengths because of their open macrostructures.
In our previous publications, 5, 7 several hydrodynamic parameters of the staged bubble column, such as the liquid hold-up and the pressure drop through the bed, were investigated and described by empirical equations. The present work aims at investigating the hydrodynamics of the reactor without any chemical reaction to understand the influence of the fabric structure on the flow parameters. Therefore, the residence time distribution (RTD) of the liquid phase and the gas-liquid mass transfer are determined. The geometrical parameters of the bubble columns staged with structured glass fiber catalysts are subsequently discussed.
Experimental Section

Fibrous Layers.
Woven fabrics made of E-type glass (EGF) were used as a prototype of fibrous supports for hydrodynamic studies in the structured bed. The fabrics were woven from threads with a diameter D consisting of a bundle of elementary filaments with a diameter d of 3-10 µm. The main characteristic dimensions of the fabrics used in this study are summarized in Table 1 an inner diameter of 24 mm was staged with woven fibrous supports. 7 The residence time distribution (RTD) was measured via two conductivity cells installed at the top and at the bottom of the column with a distance of 180 mm between them. Each cell was constructed from two parallel circular copper gauzes, as suggested by Gelder et al., 10 allowing for the determination of the liquid conductivity over the entire column section (volume-averaged measurements). Briens et al. 11 showed that, in the case of strong back-mixing, which is common for empty bubble columns, the use of volume-averaged measurements gives an incorrect determination of the RTD. Because in our study no backflow occurs through the conductivity cells (tanks-in-series model), the determination of the RTD is correct. As a tracer, a solution of potassium chloride (0.3 mL, 10 wt % KCl) was used, and the inlet and outlet responses were registered at 0.1 s intervals. The experimental data were smoothed with a moving average filter (5-point filter for the inlet, 9-point filter for the reactor outlet). 12 The mean residence time t h and the variance σ 2 of the residence time distribution are given by the first and second central moments of the response curves. 13 The dimensionless variance σ θ 2 is calculated as
Because the distance between the fabrics b has an influence on the flow pattern, 7 it was varied among 60 mm (2 fabrics in the column), 30 mm (6 fabrics), and 15 mm (12 fabrics). Gas-Liquid Mass Transfer. Gas-liquid mass transfer rates were determined by desorption of oxygen from saturated water by a nitrogen sweep-flow and characterized via the volumetric gas-liquid mass transfer coefficient, k L a. The experimental setup is shown in Figure 2 . The acrylic glass column staged with three fibrous supports was used as the bubble column. Water and N 2 flowed cocurrently upward; the feeds were controlled by flow meters (Vögtlin, Switzerland). The oxygen concentration was determined with an O 2 sensor (Bioengineering AG).
Assuming plug-flow behavior in the reactor, the average volumetric mass transfer coefficient k L a can be directly calculated form the measured oxygen concentration via where k L a is the volumetric mass transfer coefficient; c in and c out are the dissolved oxygen concentrations at the reactor inlet and outlet, respectively; and c equ is the oxygen liquid-phase concentration at the gas-liquid interface. Because of the relatively high gas flow, the oxygen concentration in the gas phase is negligible. Assuming that the main transport resistance is in the liquid phase, c equ can also be assumed to be zero.
The gas-liquid mass transfer takes place in the column section and in the outlet section. To calculate the k L a value of the column section, the gas-liquid mass tansfer rate was determined for the outlet section ( Figure 2A ) and for the entire column ( Figure 2B ). Assuming an identical mass transfer coefficient for the outlet section in setup A and setup B under the same experimental conditions, the volumetric mass transfer coefficient (k L a) column of the column section can be calculated as where t h column is the residence time in the column section and c A and c B are the O 2 concentrations in the liquid phase in the separator for experimental runs A and B, respectively.
Results and Discussion
Residence Time Distribution. Mean Residence Time t
h and Dimensionless Variance σ t 2 . In Figure 3 , typical response curves C(t) at the inlet and outlet sections for a tracer injection are shown. Conductivity measurements in a small volume are known to be influenced by gas-liquid flows. A significant reduction in the measured conductivity occurs when a bubble contacts the probe. In our study, only small fluctuations in the response curves C(t) were observed, as the conductivity was measured over the entire column cross section. 14 In Figure 4 , the mean residence time t h is plotted versus the superficial liquid velocity u l0 . An approximately 20-35% higher liquid mean residence time t h of a reactor staged with layers of fabric f-w1.3 compared to a reactor staged with fabrics f-w0.3 can be seen. As described in our previous publication, 7 gas pads are formed below each fabric layer. Decreasing the distance between the threads w leads to a higher pressure drop ∆p f , to a larger gas pad under each fabric layer, and therefore, to a lower residence time t h. The residence time distribution can be characterized by the variance around the mean. In Figure 5 , the dimensionless variance σ θ 2 is plotted as a function of the liquid superficial velocity u l0 for a reactor with different numbers of stages. For an empty column or a column with only two stages, a dependence of the dimensionless variance σ θ 2 on the liquid flow is observed. For large distances between the stages, "slug and churn flow" patterns were observed, 7 which are characterized by large bubbles moving with high rise velocities in the presence of small bubbles 1 and a chaotic up/down motion of the liquid phase. An increase of the liquid velocity u l0 changes the flow pattern from slug/ churn flow to the bubble-flow regime, where the gas is dispersed in small bubbles with a narrow size distribution. The large bubbles in the slug/churn regime lead to a nonideal mixing of the liquid phase, in contrast to the higher amount of small bubbles in bubble-flow regime. For a reactor staged with 6 and 12 fabric layers, the variance σ θ 2 was found to be independent of the liquid velocity u l0 , the superficial gas velocity u g0 , and the fabric layer structure.
Tanks-in-Series Reactor Model. The tanks-in-series model 13 is used to describe the residence time distribution of the liquid phase in the studied bubble column 
reactor. The age distribution E(t) for N perfectly mixed tanks in series can be calculated as a function of the mean residence time t h and the number of tanks N.
With the convolution integral of eq 5, the number of tanks N and the mean residence time t h were determined by fitting the calculated output signal C out calc (t) to the measured output response signal C out exp (t). The calculated values are in a remarkably good agreement with the measured data, as shown in Figure 3 .
In Figure 6 , the calculated number N of ideal mixed tanks is plotted versus the superficial liquid velocity u l0 as a function of the number of physical stages S in the reactor, the fiber structure, and the superficial gas velocity u g0 . It was experimentally found that, because of the presence of the conductivity cells, the number of stages is equal to the number of fabric layers plus one. For three stages (two fabrics), the increase in the calculated tanks N with the liquid superficial velocity u l0 is due to the change of the flow pattern (see above). In a column with six or more fabrics, the number of tanks N corresponds to the number of stages S. This implies a perfect axial mixing between the fabric layers but no liquid backflow between neighboring stages. This effect was observed in our study for cross-sectional areas A 0 up to 25% (ID ) 24 mm). Blass et al. [15] [16] [17] reported the same hydrodynamics in a bubble column staged with perforated plates of a lower cross-sectional area (A 0 ) 4.4%) and a larger ID of 140 mm. Therefore, we suppose that the backflow does not depend on the column diameter.
In contrast to our results, those authors [15] [16] [17] found a dependency of the axial mixing on the liquid and gas throughput for high cross-sectional areas A 0 . These different results might be caused by the smaller openings of the fibrous layers (w ) 0.3-1.3 mm) compared to the large hole diameters of the perforated plates (hole diameter ) 4 mm). For technical applications of the bubble columns staged with fibrous catalysts in which the number of stages S will be larger than seven, resulting in a dimensionless fabric distance b/ID smaller 
E(t) )
than unity, the independence of back-mixing on the superficial gas and the superficial liquid velocities provides an important degree of freedom for the reactor design. Figure 7 shows the volumetric mass transfer coefficient k L a as a function of the superficial gas velocity for the fabric layers f-w0.3, f-w0.6, and f-w1.3. The maximum O 2 mole fraction in the gas phase was 0.5%, leading to a negligible liquid-phase concentration c equ at the interface (in all experiments, c equ /c B was smaller than 1%). The deviation of the liquid concentrations c A and c B because of the nonideal plug-flow behavior can be calculated for N tanks in series with eq 6. 13 Incorporating eq 6 into eq 3 under the assumption that N is 3 shows that the determined k L a values were underestimated (average 10%, maximum 17%). A determination of the k L a value at superficial gas velocities higher than 6.2 cm/s was not possible, as the rapid gasliquid mass transfer leads to an O 2 concentration in the water that is at the detection limit. 2 The k L a coefficient increases not only with the gas flow rate, but also with the liquid flow rate, which is in accordance with results. 8, 9, 18, 19 This is an advantage of staged bubble columns, as it is known that, in empty columns, the liquid flow shows a negligible effect on the k L a value. An influence of the fabric layer structure on the k L a value was observed for a small distance between the threads w (w < 0.6 mm). The higher gas-liquid mass transfer for fabric f-w0.3 is due to a more favorable gas distribution by the dense layers. Because the better gas distribution was only observed for superficial gas velocities lower than 15 cm/s, an independence of the k L a values from the fabric structure for larger superficial gas velocities can be expected.
Volumetric Gas-Liquid Mass Transfer.
Chen et al. 8 found similar k L a values for various column diameters, varied from 51 to 150 mm, in a multistage bubble column equipped with screen plates. Therefore, the influence of the column diameter on the k L a values can be neglected.
A comparison of the k L a values determined for the staged bubble column with the values for an empty bubble column 20, 21 in Figure 7 shows a significantly higher mass transfer rate. The k L a in a column staged with fabric f-w0.3 is about 10 times higher than that in the conventional bubble column. The increased k L a values are due to the higher gas holdup and the small size of bubbles.
In Figure 8 , the gas-liquid mass transfer coefficient k L a is plotted as a function of the overall gas holdup . The ratio between the volumetric gas-liquid mass transfer coefficient and the gas holdup is constant (k L a/ = 0.8 s -1 ). Vermeer and Krishna 22 and Letzel et al. 20 found a ratio of k L a/ ) 0.5 s -1 in the "churn/turbulent regime" in a bubble column without trays. The difference between the ratio reported and that found in this study is due to the different flow regimes, as we worked exclusively in the bubble regime with a bubble size smaller than 4 mm.
Reactor Design Parameter
The major design parameters for structured catalytic beds in a bubble column staged with fibrous layers are the thread diameter D, the width between the threads w, and the distance between the fabrics b.
Increasing the thread diameter D increases the length of diffusion for the reactants from the solution to the catalyst surface, which might influence the global reaction kinetics. The hydrodynamic properties are not significantly influenced by the thread diameter D.
Increasing the width w between the threads decreases the pressure drop ∆p f 7 but also decreases the k L a value (for low u g0 ). In technical applications with gas velocities higher than 15 cm/s, only the pressure drop ∆p f has to be considered as a design parameter, because the influence of the layer structure on the k L a value is of minor importance. The degree of liquid-phase saturation by the gas is a function of the distance between the fabric layers b.
Conclusions
The tank-in-series model was found to describe accurately the residence time distribution of a bubble column staged with fibrous layers. For a dimensionless fabric distance b/ID < 1, which will be the case in all technical applications, perfect mixing occurs between the fabric layers, and no liquid backflow between neighboring stages occurs.
The gas-liquid mass transfer coefficient k L a was found to depend on the superficial gas and liquid velocities, in contrast to conventional bubble columns, for which the liquid flow shows only a negligible effect on the mass transfer. The k L a values in the present study are 10 times higher than those for an empty bubble column without any packing.
The main geometrical design parameters of the structured catalytic beds are the distance between the threads w and the distance between the fibrous layers b. 
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